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A fi®e-step, one-bed, sorption-enhanced reaction process proposed by Car®ill et al. in
1996 for hydrogen production by steam� methane reforming was analyzed. For the sim-

( )ulated results of the first step, data from Hufton et al. 1999 and Ding and Alpay
( )2000 for a fixed-bed column of an admixture of a catalyst and a sorbent that selec-
ti®ely remo®es CO from the reaction zone were used. The sorbent is periodically regen-2
erated by using the principles of pressure-swing adsorption. The process steps allow
direct production of hydrogen with high purity and high methane con®ersion. A model
considering multicomponent and o®erall mass balance, Ergun relation for pressure drop,
energy balance for the bed-®olume element, and nonlinear adsorption equilibrium
isotherm coupled with three main reactions was deri®ed to describe the sorption-en-
hanced reaction cyclic process. Two different isotherms were used under wet and dry
conditions. The LDF model adopted describes the mass-transfer rate of CO in the2
adsorbent. Numerical solution of model equations for the cyclic process was obtained
by the orthogonal collocation method. The operating conditions allow the combination

( )of a sufficiently high purity of hydrogen a®erage purity o®er 80% with traces of CO
and CO , high methane con®ersion, fast adsorbent regeneration, and cyclic steady-state2
operation. The model predictions agree reasonably with the literature data. The package
is suitable for the design and analysis of sorption-enhanced reaction process.

Introduction

Hydrogen is used extensively by many industries for a vari-
ety of applications; it is produced industrially by several
methods, such as steam reforming, electrolysis of water, am-
monia dissociation, and partial oxidation. In addition, hydro-
gen is obtained as a byproduct of some refining and chemical
production processes. Manufacture via steam reforming of
natural gas is a low-cost option for hydrogen production
Ž .Ridler and Twigg, 1989 .

Correspondence concerning this article should be addressed to A. E. Rodrigues.
Current address of J. L. Soares: Dept. of Chemical Engineering, Federal Univer-

sity of Santa Catarina, PO Box 476, CEP 88040-900, Florianopolis, SC, Brazil.

Many reactions are limited by equilibrium, and the produc-
tion of hydrogen by steam�methane reforming is a good ex-
ample. The combination of reaction and separation in a sin-
gle unit operation has advantages for achieving enhanced
conversions and yields in catalyzed reversible reactions; this
concept is based on the well-known Le Chatelier’s principle

Ž . Ž .that 1 the conversion of reactants to products, and 2 the
rate of forward reaction in an equilibrium-limited reaction
can be increased by selectively removing some of the reaction

Ž .products from the reaction zone Gluud et al., 1931 .
Configurations under investigation include selective ad-

Žsorption with reaction Roginskii et al., 1962; Magee, 1963;
Chu and Tsang, 1971; Takeuchi and Uraguchi, 1977; Cho et
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al., 1980, 1982; Petroulas et al., 1985; Fish et al., 1986;
Tonkovich and Carr, 1994a,b; Kruglov, 1994; Lu and Ro-
drigues, 1994; Carvill et al., 1996; Hufton et al., 1999, 2000;

.Ding and Alpay, 2000b , selective permeation with reaction
ŽSun and Khang, 1988; Hsieh, 1989; Champagnie et al., 1990;
Wu et al., 1990; Uemiya et al., 1991; Tsotsis et al., 1992; Itoh
et al., 1993; Adris et al., 1994; Armor, 1995; Balachandran et

.al., 1997; Omorjan et al., 1999; Ostrowski and Mleczko, 1999 ,
Žand imposed thermal effects Rostrup-Nielsen, 1993; Jachuck

and Ramshaw, 1994; Matros and Bunimovich, 1995; Salinger
.and Eigenberger, 1996; Yongsunthon and Alpay, 1998, 1999 .

Ž .Of particular interest is a pressure swing adsorptive PSA
reactor.

If an adsorbent selectively trapping the product is com-
bined with the catalyst, conversion can almost run to comple-
tion. The PSA reactor, in which a high-pressure feed of syn-

Žthesis gas to a mixed bed of adsorbent and catalyst reaction
.and adsorption of CO is combined with rapid pressure re-2
Ž .lease to low pressure CO desorption , is one reasonable2

Žconfiguration for such a production process Carvill et al.,
.1996; Hufton et al., 1999, 2000; Ding and Alpay, 2000b .

From the point of view of application, two key problems
should be solved for hydrogen production by sorption-

Ž .enhanced steam�methane reforming process: 1 to find suit-
able adsorbent with high adsorption capacity, high mass-
transfer rates for both adsorption and desorption of CO for2

Ž .its removal from the reaction zone, and regeneration; 2 to
seek out a simplistic and energy-saving cyclic process for ad-
sorbent regeneration. Because of the high complexity of the
process, the design and optimization of the PSA reactor based
only on experiments is not possible.

There are a large number of adsorbents for CO removal,2
Ž .which include various metal oxides e.g., CaO, MgO , alu-

mina and metal-promoted alumina, activated carbon, and ze-
Žolites e.g., 4A, 5A, CrA, CrX, CrY, RhA, 13X, and Na- and

. ŽH-mordenites Ma and Mancel, 1972; Ma and Roux, 1973;
Hayhurst, 1980; Wilson and Danner, 1983; Valenzuela and
Myers, 1989; Han and Harrison, 1994; Anand et al., 1995;

.Hufton et al., 1999; Ding and Alpay, 2000a .
The stability of the adsorbent under cyclic reactor condi-

tions, that is, under constant temporal and spatial variations
of gas composition and temperature, will govern the commer-
cial feasibility. Most recently CO adsorption capacity on hy-2

Ždrotalcite has been presented Hufton et al., 1999; Ding and
.Alpay, 2000a . Hydrotalcite is an anionic clay consisting of

Ž .positively charged layers of metal oxide or metal hydroxide
with interlayers of anions, such as carbonate. Exchange of
the metal cations, as well as intercalation of the anionic layer
can lead to a wide range of catalytic and adsorptive proper-
ties, with particular stability under wet gas and high-tempera-

Ž .ture conditions Hufton et al., 1999; Ding and Alpay, 2000a .
Thus, such materials are potentially suitable for the
separation-enhanced steam�methane reforming process, and

Žthese types of adsorbents are commercially available now see
.Zou et al., 2001 .

A two-, three-, four-, or five-step simplistic process is con-
sidered by most of the published works theoretically and
experimentally. Kadlec and coworkers experimentally
Ž . ŽVaporciyan and Kadlec, 1989 and theoretically Vaporciyan

.and Kadlec, 1987; Lee and Kadlec, 1989 evaluated a three-
Ž .step process consisting of 1 introduction of the

reactant�feedgas mixture into a packed bed of catalyst and

adsorbent at an elevated pressure for a short period of time,
Ž .followed by 2 a short delay period when the introduction of

Ž .feedgas was stopped, and finally 3 countercurrent depres-
surization of the packed bed to the lowest pressure level of
operation.

ŽAlpay and coworkers Alpay et al., 1993, 1994; Chatsiri-
wech et al., 1994; Kirkby and Morgan, 1994; Ding and Alpay,

.2000b evaluated model solutions of the PSA reactor system
using a process similar to that just mentioned except where

Ž . Ž .step 2 was eliminated Alpay et al., 1993 . They also theo-
Žretically evaluated a four-step process Alpay et al., 1994;

.Chatsiriwech et al., 1994; Kirkby and Morgan, 1994 consist-
Ž .ing of 1 pressurizing the packed bed of catalyst and ad-

sorbent with the reactant-feed mixture to a higher pressure
Ž .level, 2 feeding the reactant mixture at the elevated pres-

Ž .sure and withdrawing a product gas, 3 countercurrently de-
pressurizing the reactor to the lowest pressure level of opera-

Ž .tion, and 4 countercurrently purging the reactor with the
effluent from step 2. A variation of this cycle included partial
countercurrent pressurization of the reactor with the effluent

Ž .from step 2 before step 1 started Kirkby and Morgan, 1994 .
Ž .Sircar and coworkers Carvill et al., 1996 considered a

general equilibrium-controlled reaction involving one or more
reactants producing a desired reaction product and a byprod-
uct. They proposed a five-step one-bed process, and used the
reverse water�gas shift reaction to produce high-purity CO
as an example. They applied this concept to hydrogen pro-

Žduction by the steam�methane reforming process Hufton et
.al., 1999 , and later improved the process cycle suggesting a

Žfour-step one-bed process for hydrogen production Hufton
.et al., 2000 .

ŽIn this article, a five-step high-pressure reactionradsorp-
tion, depressurization, low-pressure purge with methane,
low-pressure purge with part of hydrogen product, and pres-

.surization with part of hydrogen product one-bed sorption-
Ž .enhanced reaction process proposed by Carvill et al., 1996

was theoretically analyzed for hydrogen production by
steam�methane reforming. The simulated data for the first

Ž .step use data from the articles of Hufton et al. 1999 and
Ž .Ding and Alpay 2000a,b . A model that takes into account
Ž .multicomponent six species mass balances, overall mass bal-

Ž .ance, Ergun relation Ergun, 1952 for pressure drop, energy
balance for bed-volume element including the heat-transfer
to the column wall, and nonlinear adsorption equilibrium
isotherm coupled with the three main reactions was derived
to describe the sorption-enhanced reaction cyclic process.
Two different isotherms were used under wet and dry condi-

Ž .tions; the linear driving-force LDF model was adopted to
describe the mass-transfer rate of CO to the adsorbent. A2
numerical solution of the model equations for the cyclic pro-
cess was obtained by using the method of orthogonal colloca-

Ž .tion Malek and Farooq, 1997 . The purpose of this work is
to find suitable operating conditions that allow the produc-

Žtion of a sufficiently high hydrogen purity average purity over
.80% with traces of CO and CO , high methane conversion,2

fast adsorbent regeneration, and cyclic steady-state opera-
tion.

Process Description
The operation scheme of the five-step one-bed sorption-

enhanced reaction process is shown in Figure 1. The three
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Figure 1. Flow direction for five-step one-bed
sorption-enhanced reaction process.
x means adsorption; ≠ means desorption.

main chemical reactions in the cycle are described by Eq. 1
Ž .Xu and Froment, 1989

CH qH OmCOq3H , �H s206.2 kJrmol IŽ .° 4 2 2 298~CH q2H OmCO q4H , �H s164.9 kJrmol IIŽ .4 2 2 2 298¢COqH OmCO qH , �H sy41.1 kJrmol IIIŽ .2 2 2 298

1Ž .

Only two of the three reactions are linearly independent.
Ž .The reaction kinetic model of Xu and Froment 1989 can be

summarized as

P 3 P1 k H CO1 2R s P P y 1aŽ .I CH H O2 2.5 4 2ž /KPDENŽ . IH 2

P 4 P1 k H CO2 2 22R s P P y 1bŽ .II CH H O2 3.5 4 2ž /KPDENŽ . IIH 2

P P1 k H CO3 2 2R s P P y , 1cŽ .III CO H O2 2ž /P KDENŽ . H III2

where DEN s 1q K P q K P q K P qCO CO H H CH CH2 2 4 4
ŽK P rP , in which P s y P isH O, CH , H , CO ,H O H O H i i 2 4 2 22 2 2

and CO, P is the local total pressure, and y is the gas-phasei
.mole fraction of component i . For the expressions of k , k ,1 2

k , K , K , K and K and K , K and K , see3 CO H CH H O I II III2 4 2

Table 1.
The equilibrium data K , K , and K are the key param-I II III

Žeters for our simulation. There are two sources Xu and Fro-
.ment, 1989; Twigg, 1989 from which to obtain their expres-

sions, as listed in Table 1; for our work, we take the results of
Ž .Twigg 1989 .

The formation or consumption rate of component i, r , wasi
then calculated by using Eqs. 1a�1c as follows:

III

r s ® R isCH , H O, H , CO , CO , 2aŽ .Ž .Ýi i j j 4 2 2 2
js I

where ® is the stoichiometric coefficient of component i ini j
reaction j. If i refers to a reactant, ® is negative, and for ai j

Table 1. Parameters Used in Eq. 1

1 �2K s atm , K sK KI II I III4 3 2Ž .exp 0.2513Z y0.3665Z y0.58101Z q27.1337Zy3.2770
1,000��3 2Ž .K sexp y0.29353Z q0.63508Z q4.1778Zq0.31688 , where Zs y1III T

240,100 1 1
y4 0.5k s1.842�10 exp y y kmol �bar rkg �h1 catž /R T 648

243,900 1 1
y5 0.5k s2.193�10 exp y y kmol �bar rkg �h2 catž /R T 648

67,130 1 1
k s7.558 exp y y kmolrkg �h �bar3 catž /R T 648

38,280 1 1 88,680 1 1
y1K s0.179 exp y bar , K s0.4152 exp y yCH H O4 2ž / ž /R T 823 R T 823

70,650 1 1 82,900 1 1
y1 y1K s40.91 exp y bar , K s0.0296 exp y barCO H 2ž / ž /R T 648 R T 648

Source: Xu and Froment, 1989; Twigg, 1989.
224,000� �� 12 2 y2Ž . Ž ., are taken from Twigg 1989 . The data of Xu and Froment 1989 are as follows: K s 4.707�10 exp y bar , K s1.142�10I IIIž /RT

37,300
Ž .exp for T s 948 K .ž /RT
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product ® is positive. Thus, we havei j

r syR yR 2bŽ .CH I II4

r syR y2 R yR 2cŽ .H O I II III2

r s3R q4R qR 2dŽ .H I II III2

r sR yR 2eŽ .CO I III

r sR qR . 2fŽ .CO II III2

Ž . Ž .Reforming reactions I and II are strongly endothermic,
so the forward reaction is favored by high temperatures, while

Ž .the water�gas shift reaction III is moderately exothermic
and is therefore favored by low temperatures. The reforming
reactions will also be favored at low pressures, whereas the
water�gas shift reaction is largely unaffected by changes in
pressure. In the presence of a selective CO adsorbent, the2
conversion of CH to CO is favored. For a reaction that is4 2
not kinetically limited, the use of an adsorbent will thus en-
able a lower operating temperature for a desired conversion.
However, the separation effect is lost on equilibrium of the
adsorbent. This is why the periodic regeneration of the ad-
sorbent is needed.

The five steps of a one-bed sorption-enhanced reaction
Ž .process are described below Carvill et al., 1996 for our case.

Step 1: High-Pressure ReactionrAdsorption. Feed a stoichio-
metric mixture of H O and CH at high pressure P through2 4 H
the regenerated reactor that has been previously saturated

with part of the H product gas at P . An effluent stream2 H
containing essentially H is produced from the reactor at2
pressure P . The step is continued until near breakthroughH
point of CO .2

Step 2: Countercurrent Blowdown Step. Depressurize the re-
actor to a lower pressure level of P countercurrent to thatL
of the reactant�feed-gas flow. A gas stream containing all the
components of the system exits the reactor. This stream con-
sists of interparticle void gas in the column as well as some
adsorbed gases present in the reactor at the end of Step 1.
The reaction and desorption of CO should take place in the2
countercurrent blowdown step.

Step 3: Low-Pressure Purge with Methane. Introduce
methane to the reactor at P in the direction countercurrentL
to that of the reactant feedgas flow. This step desorbs most
of the remaining adsorbed CO , and the reactor effluent gas2
contains a mixture of CH and CO . The reactor is essen-4 2
tially saturated with CH at P at the end of this step.4 L

Step 4: Low-Pressure Purge with Part of the Hydrogen Product
Gas. Purge the reactor countercurrently at P with H inL 2
order to remove CH from the reactor void space and fur-4
ther desorb CO from the adsorbent. After two purge steps,2
the adsorbent is regenerated, and the remaining carbon diox-
ide concentration in the fixed-bed reactor is low enough for
the next cycle.

Step 5: Countercurrent Repressurization with Part of Hydrogen
Product. Pressurize the reactor from P to P by counter-L H
currently introducing part of the H product gas from Step 1.2
During the countercurrent repressurization step, a part of the

Table 2. Parameters for Governing Equations
Ž .Semi-empirical relationships for K and K Ergun, 1952 :D V

2Ž . Ž .150� 1y� 1.75 1y� PMb b4 2 5Ž . Ž .K s N � srm , K s N � s rm , in which Mf0.018 kgrmolD V2 3 3 RTd � d �p b p b

Ž .Axial dispersion coefficient D Edwards and Richardson, 1968L
0.5udp 2 y5 2Ž .D s0.73D q m rs , in which D s1.6�10 m rs for P and T , andL m m H fŽ .1q9.49D r udm p

y5 2 Ž .D s5.6�10 m rs for P and T Reid et al., 1988m L f
Ž .Langmuir isotherm Ding and Alpay, 2000a

m b P 17,000 1 1CO CO CO2 2 2� y4 y1q s , where m s0.65 molrkg, b s2.36�10 exp y PaCO CO CO2 2 2 ž /1qb P R T 673CO CO2 2

10,000 1 1
y4 y1Ž . Ž .wet condition ; m s0.63 molrkg, b s1.69�10 exp y Pa dry conditionCO CO2 2 ž /R T 673

Ž .Mass-transfer coefficient Ding and Alpay, 2000a
� D15 p p 3 y7 2k s , in which � s1,300 kgrm , D s3.3�10 m rsCO p p�22 Ž .� q � RT � q r� Pr p p CO COp 2 2

Ž .Bed effective conductivity k Yagi et al., 1960; Malek and Farooq, 1997z
0 0 C �k k k � p gz z z bŽ .Ž .s q0.75 Pr Re , where s� q , Prs , andp b Ž .k k k 0.139� y0.0339q2r3 k rk kg g g b g p g

� u� dg b p y2 y4Re s , in which k s1�10 Jrcm � s �K and k s2.5�10 Jrcm � s �Kp p g�
Ž .Eucken formula, in Bird et al., 1960

Ž .Wall-bed heat-transfer coefficient, U Li and Finlayson, 1977
3d d2UR p p0 0.8s2.03Re exp y Re s20y7,600, s0.05y0.3 , andp pž / ž /k R 2 Rg 0 0

0kz Ž .Us6.15 as Re ™0 De Wasch and Froment, 1972p2 R0
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remaining CO in the gas phase is adsorbed by the adsor-2
bent.

During Steps 1 to 5, the feedgas temperature T and thef
wall temperature T are kept constant.w

Theoretical Model
The theoretical model adopted for the sorption-enhanced

reaction cyclic process is a nonisothermal, nonadiabatic, and
nonisobaric operation, developed to describe both the

Ž .steam�methane reforming SMR and the sorption-enhanced
Ž .SMR SE-SMR processes. For the SE-SMR process, the re-

actions were assumed to take place on the surface of the cat-
alyst. The model assumptions adopted are summarized below
ŽMalek and Farooq, 1997; Silva and Rodrigues, 1998; Ding

.and Alpay, 2000b; Da Silva and Rodrigues, 2001 :
1. The flow is represented by an axial-dispersed plug-flow

model. Mass dispersion in the axial direction is considered,
with negligible radial gradients. The axial dispersion coeffi-
cient was estimated from the correlation of Edwards and

Ž .Richardson 1968 , as shown in Table 2. Change of flow due
to adsorptionrdesorption and reactions, as determined by the
overall material balance, is taken into account. The gas is
assumed to be an ideal gas.

2. Pressure distribution in the packed-bed adsorptive reac-
tor was described by the mechanical energy equation.

3. The system is nonisothermal. The column wall and the
feed stream are maintained at the same constant tempera-
ture. Thermal dispersion in the axial direction is considered,
with negligible radial gradients. Axial thermal conductivity is
estimated using the empirical correlation given by Yagi et al.
Ž .1960 , as reproduced in Table 2. For a bed packed with
spherical particles, the wall-bed heat-transfer coefficient, U,

Ž .is given by De Wasch and Froment 1972 and Li and Fin-
Ž .layson 1977 . The gas-phase and the catalystradsorbent par-

ticle are assumed to be in local thermal equilibrium at all
times.

Ž4. There exist five components CH , H , CO , CO, and4 2 2
. Ž .H O in an inert carrier N . The Langmuir model is adopted2 2

to describe the adsorption equilibrium for component CO .2
Ž . Ž .Hufton et al. 1999 and Ding and Alpay 2000a reported

that steam had a significant effect on the adsorption behavior
of CO . In this article, two different sets of Langmuir ad-2

Žsorption parameters are used for wet and dry conditions Ding
.and Alpay, 2000a , as shown in Table 2.

Ž .5. The linear deriving-force LDF model is used to repre-
sent the mass transport of CO to the adsorbent. Table 2 also2
shows the correlation to evaluate the value of the LDF

Ž .mass-transfer coefficient Ding and Alpay, 2000a .
From the preceding assumptions, we can derive the follow-

ing governing equations and the corresponding initial condi-
tions and general boundary conditions for the five steps.

Ž . ŽBased on Eq. 2a, the actual rates of r , r , isCH ,i i obv 4
.H O, H , CO , CO can be expressed as2 2 2

III

r s ® � R isCH , H O, H , CO , CO , 3Ž . Ž .Ž .Ýi i j j j 4 2 2 2obv
js I

Žwhere � is the effectiveness factor for reaction j jsI, II,j
.III .

Thus, the overall mass balance equation is

5 III� q� C � uCŽ . CO2� q q � y � ® � R s0Ý Ýt ad cat i j j j� t � z � t is1 js I

isCH , H O, H , CO , CO , 4Ž .Ž .4 2 2 2

where C is the total molar concentration in the bulk phase, �t
is the total porosity of the packed bed, u is the superficial

Žvelocity, q is the solid-phase concentration for CO aver-CO 22
.age over an adsorbent particle , � is the mass of adsorbentad

per bed volume, and � is the mass of catalyst per bed vol-cat
ume. These densities of � and � are related to the bulkad cat

Ž . Ž .packing density � by � s�� r 1q� , � s � r 1q� ,b ad b cat b
where � is the mass ratio of the adsorbent and catalyst in the
packed bed.

The kinetic-energy change is neglected in the mechanical-
Ž .energy balance; then we have Sereno and Rodrigues, 1993

� � P
� u sy yK uyK u u , 5Ž . Ž .g D V� t � z

where � is the gas-phase density, and K and K are pa-g D V
rameters corresponding to the viscous and kinetic pressure

Ž .loss terms see Table 2 .
Ž .For component i q s0, unless for isCO , the mass bal-i 2

ance for the packed-bed adsorptive reactor can be written as

� C � uC � qŽ .i i i
� q q �t ad� t � z � t

III � � yiy � ® � R s� D CÝcat i j j j b Lž /� z � zjs I

isCH , H O, H , CO , CO , 6Ž .Ž .4 2 2 2

where C is the molar concentration of gas-phase componenti
Ž .i C s y C , � is the voidage of the bed, and D is the axiali i b L

dispersion coefficient.
The LDF model is adopted to describe the mass-transfer

rate of CO to the adsorbent2

� qCO2 �sk q yq , 7Ž .Ž .CO CO CO2 2 2� t

where k is the LDF mass-transfer coefficient, and q� isCO CO2 2

the equilibrium solid-phase concentration, which are respec-
tively evaluated by the correlation given by Ding and Alpay
Ž . Ž .2000a and the Langmuir isotherm see Table 2 .

The energy balance for the bed-volume element, including
Žthe heat-transfer to the column wall, is described as Kik-

.kinides et al., 1993; Ding and Alpay, 2000b

� T � T
� CC q � q � C qCC uŽ .t ®g ad cat p s p g� t � z

n � q 2Uiy � y� H y T yTŽ .Ýad adi wž /� t R0is1

5 III � � T
y � ® � R � H s k , 8Ž .Ý Ýcat i j j j R j zž /� z � zis1 js I
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where C and C are the gas- and solid-phase heat capac-pg ps
ity, respectively, C is the heat capacity of the gas phase at®g
constant volume, k is the effective thermal conductivity,z

Žy� H is the adsorption heat for component i that is,adi
.CO , � H is the reaction heat of reaction j, U is the over-2 R j

all bed-wall heat-transfer coefficient, and R is the inner ra-0
dius of the reactor.

Initial conditions
At ts0, TsT , us0, q s0, y s1, y s0, P sP ,f i H i H H2 2

Ž .P s0 isCO, CO , H O, CH , N .i 2 2 4 2
The final distributions of concentrations, temperature,

pressure along the adsorptive reactor column for one step
are the initial conditions for the next step.

General boundary conditions for the fi©e steps

� y � yi is	 , s	 9aŽ .1 2ž / ž /� z � zzs 0 zs L

u for Steps 1,5Ž . Ž .¶zs 0 •� u s	 ,3for Steps 2�4Ž .ßž /� z zs 0

� u ¶
for Steps 1,5Ž .ž / •� z s	 9bŽ .zs L 4ßu for Steps 2�4Ž . Ž .zs L

P for Steps 1,2Ž . Ž .¶zs 0 •� P s	 ,5for Steps 3�5Ž .ßž /� z zs 0

� P ¶
for Steps 1,2Ž .ž / •� z s	 9cŽ .zs L 6ßP for Steps 3�5Ž . Ž .zs L

� T � T
s	 , s	 , 9dŽ .7 8ž / ž /� z � zzs 0 zs L

in which the expressions of 	 for the five steps are listed in
Table 3.

Simplification of Governing Equations
Assuming ideal-gas law Cs PrRT , the following equation

can be derived from Eq. 6

� y � D � 2 y 1 � P � y 1 � T � yi b L i i is q y2 2ž /� t � P �
 �
 T �
 �
L �
t

1 � y � u uy � P uy � Ti i iy u q y q yiž /� L �
 �
 P �
 T �
t

III� RT � q � RT y � P y � Tad i cat i iy q ® � R y q , 10aŽ .Ý i j j j� P � t � P P � t T � tt t js I

where 
 s zrL. The term � qr� t equals zero except for isi
CO ; � q r� t is calculated by Eq. 7.2 CO2

The flow velocity is derived from the overall material bal-
Ž .ance Eq. 4

� q� u u � T u � P � RTL COad 2s y y
�
 T �
 P �
 P � t

2 � RTL � L � P � L � Tcat t tq � R q� R y q . 10bŽ .Ž .I I II IIP P � t T � t

The interbed pressure dynamics for the variable pressure
Žsteps are estimated using a linear dynamic pressure Sereno

.and Rodrigues, 1993; Malek and Farooq, 1997

0 for step 1Ž .°
y P yP rt for step 2Ž .Ž .H L 2� P ~0 for step 3Ž .s 10cŽ .

� t
0 for step 4Ž .¢ P yP rt for step 5 .Ž .Ž .H L 5

Table 3. Values of � for the Five Steps of the PSAR Cycle

Step 	 	 	 	 	 	 	 	1 2 3 4 5 6 7 8

Ž . Ž .u y y y u CC T yT10 f i i 10 p g fŽ1. Reaction y 0 u 0 P 0 y 010 H� D kb L z.qadsorption
�Ž Ž .2. Reaction 0 0 0 0 P t 0 0 0

.qdesorption
Ž . Ž .u y y y u CC T yT30 f i i 30 p g f

3. Desorption 0 0 yu 0 P 030 L� D kb L z

Ž . Ž .u y y y u CC T yT40 f i i 40 p g f
4. Desorption 0 0 yu 0 P 040 L� D kb L z

Ž . Ž .u y y y u CC T yT50 f i i 50 p g f�Ž .5. 0 0 0 0 P t 0
� D kb L z

Ž .Note: All velocities u ks1, 2, . . . , 5 are taken as positive numbers, whatever the flow direction. The index k stands for the step number and thek0
index 0 stands for the feed side in Steps 1, 3, 4, and 5 and outlet for Step 2.
� Ž .Equation 10c was used linear ramp .
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Ž . ŽThe mechanical energy balance Eq. 5 is changed as Ergun
.equation

� P
sL yK uyK u u . 10dŽ .Ž .D V�


Based on Eq. 8, the energy balance for the bed-volume
element that includes the heat-transfer to the column wall is
described as

� T 1
s

� C P� t t ®g q � q � CŽ .ad cat p sRT

2 � qC Puk � T � T COp gz 2y q � y� HŽ .ad ad CO2 2 2RTL �
 � tL �

� .

2U
q2 � � R � H q� R � H q T yTŽ . Ž .cat I I R I II II R II wR0

10eŽ .

Although the preceding model is a simplification of the real
situation, it allows us to investigate the whole cyclic process
for fine catalystradsorbent particles packed in the adsorptive
reactor with small diameter.

Numerical Method
The model equations were numerically solved by the or-

thogonal collocation method for the continuous hydrogen

production in the PSA reactor. Because of the presence of
steep composition gradients within the bed and the periodic
reversal in the direction of the gas flow, in this simulation 31
axial collocation points for the packed-bed adsorptive reactor
were selected in order to obtain a stable numerical solution.

At all collocation points, Eqs. 10b and 10d are discretized
into a set of linear algebraic equations that are solved numer-
ically by the Gauss method in order to obtain the velocity
and pressure distributions along the adsorptive reactor.
Equations 10a and 10e are discretized in the axial direction,
leading to a set of ordinary differential equations that are
integrated in the time domain using Gear’s stiff variable step
integration routine in order to obtain the effluent mole frac-
tion and temperature histories and the concentration and
temperature profiles along the adsorptive reactor.

The sequence for solving numerically the PSA reactor at
each step is as follows:

1. Calculate the reaction rates using Eqs. 1a, 1b, 1c
2. Calculate the pressure derivative using the linear dy-

namic model Eq. 10c
3. Calculate the adsorptive loading derivative by Eq. 7
4. Solve Eq. 10b for the velocity
5. Solve Eq. 10d for the pressure
6. Solve Eqs. 9a and 9d for the boundary conditions
7. Solve Eq. 10a for the species mole fraction derivative
8. Solve Eq. 10e for the temperature derivative.
At the end of each step, the gas- and solid-phase compo-

nent concentrations, temperature, and pressure were stored

Table 4. Reference Parameters Values Used in the Simulations for Step 1
Ž .Parameters Constants Values

� y4 y1 Ž .b 2.36�10 Pa wet condition Change with TCO 2
y4 y1 Ž .1.69�10 Pa dry condition

�C 42 Jrmol �K Constantp g
�C 850 Jrkg �K Constantp s

� y4d 5�10 m Constantp
�� y5 2D 1.6�10 m rs Change with uL
�R 0.0125 m Constant0
�� 4K 42,103 N � srm ConstantD
�� 2 5K 21,966 N � s rm Change with T , PV

�k 0.29 Jrm � s �K Change with uz
�

� H y17,000 Jrmol ConstantadCO 2� Ž .m 0.65 molrkg wet condition ConstantCO 2
Ž .0.63 molrkg dry condition

�P 445.7 kPa ConstantH
†P 125.7 kPa ConstantL

�T 723 K Constantf
†T 723 K Constantw

�� 2U 71 Jrm �K Change with u
�

� 0.48 Constantb
� Ž .� for adsorbent 0.24 Constantp

�
� 0.64 Constantt

� y5� 2.87�10 Pa � s Constant
† 3� 498 kgrm Constantad
† 3� 249 kgrm Constantcat

�
� 1.0 Constantj

� Ž .Data from Ding and Alpay 2000a,b .
��Data evaluated from Table 2.

†Present work.
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( ) ( )Figure 2. a Typical effluent mole fraction y and bi
methane conversion X vs. time t for StepCH4

1.
P s 445.7 kPa; T sT s 450�C; Ls 2 m; u s 0.05 mrs;H f w 10
H OrCH s 6; � s 498 kgrm3; � s 249 kgrm3; m s2 4 ad cat CO2
0.65 molrkg; b s 2.36�10y4 Pay1.CO2

and used as the initial conditions for the next step in one
cycle.

The adsorption behavior of CO onto the adsorbent under2
Žwet and dry conditions is different Hufton et al., 1999; Ding

.and Alpay, 2000a ; therefore, we take the data under wet
conditions for Steps 1 and 2, and the data under dry condi-
tion for Steps 3 to 5.

The criteria to switch from one step to the next are: the
average purity of hydrogen product for Step 1 equals 80%,
and the exit mole fraction of CO for Step 3 must be lower2
than 1.0�10y2. The time duration of Steps 2, 4, and 5 were
all set in the 100s. The criterion for cyclic steady-state opera-
tion was based on the average purity of the hydrogen prod-
uct.

Results and Discussion
Adsorption-enhanced steam– methane reforming process

ŽFigure 2 shows typical effluent mole fraction, y Figurei
. Ž .2a , and methane conversion Figure 2b as a function of time,

t, for the adsorption-enhanced reaction process at P s445.7H
kPa, Ls2 m, T sT s450�C, u s0.05 mrs, H OrCH s6f w 10 2 4
Ž .the mole fraction of inert gas is about 0.001 , and the mass
ratio of adsorbent to catalysts2; the other reference data
are listed in Table 4.

The basic parameters for the simulation of the adsorp-
tion-enhanced reaction step are selected from Ding and Al-

Ž .pay 2000a,b . The diameters of the adsorbent and catalyst,
d , are chosen as 0.5 mm. To calculate the effectiveness fac-p
tors, we should consider the catalyst and its properties in more
detail. For our simulation system, the catalyst is uniform and
small in size; for convenience, we chose � s1.0 and assumedj
that � is the same for different reactions. The properties ofj
the gas mixture change with pressure, temperature, and other
operating conditions; the reference values for Step 1 are listed
in Table 4.

In Figure 2a, it is evident that the whole region can be
divided into three zones according to the adsorption behavior

Ž .of CO . I The adsorption-enhanced reaction zone, where2
Žthe effluent mole fraction of CO is lower mole fraction is2

y3.about 9.4�10 , adsorption enhances the conversion of
methane, and the effluent mole fraction of hydrogen at the
exit is higher; at the same time, the coproduction of CO is

Ž . Ž .suppressed Hufton et al., 1999 . II The breakthrough zone
of CO , where the mole fraction of CO increases from 9.4�2 2
10y3 to 3.8�10y2, the adsorbent is nearly saturated by CO2
in the operation zone of the reactor, the enhancement is not
evident, and the purity of hydrogen at the effluent gas drops

Ž .rapidly. III The equilibrium state zone, where the ad-
sorbent is saturated almost entirely by CO , the operation2
mode is the same as the conventional one, that is, the
steam�methane reforming reaches the steady state. At the
steady state, the conversion of methane reaches 24.5%, which
is in reasonable agreement with the experimental data of Ding

Ž . Ž . Ž . Ž .and Alpay 2000b 24.0% and Hufton et al. 1999 28.0% .
At the initial state of the adsorption-enhanced reaction zone
Ž .for 0�300 s , methane conversion is larger than 65%, while

Ž .for conventional reactor without adsorbent , the reaction
temperature should be controlled above 600�C in order to

Ž .reach the same conversion Figure 2b :
Ž .y dry basis and the conversion of methane X are re-i CH 4

spectively defined as

yi
y dry basis s 11aŽ . Ž .i 1y yH O2

Feed of CH molrs yeffluent of CH molrsŽ . Ž .4 4
X sCH4 Feed of CH molrsŽ .4

uPyRT CHf 4s1y . 11bŽ .ž /ž /u P y RT outlet10 H 0CH 4 feed

Ž .At the equilibrium state without adsorbent , we can derive
the following relationship to check the simulation results

1y y dry basisŽ .eq, CH4X s , 11cŽ .eq, CH4 1q4 y dry basisŽ .eq, CH4

that is, at the equilibrium state, the result from Eq. 11b should
be equal to that from Eq. 11c.

The adsorbent, which can adsorb CO at high tempera-2
Žture, is usually made of K CO �hydrotalcite Hufton et al.,2 3

.1999 . At 450�C, the saturated CO adsorption capacity is2
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Figure 3. Effect of adsorbent capacity for CO on H2 2
purity of effluent gas vs. time for Step 1.
Common conditions: P s 445.7 kPa; T sT s 450�C; Ls 2H f w
m; u s 0.05 mrs; H OrCH s 6; � s 498 kgrm3; � s10 2 4 ad cat
249 kgrm3. Solid line: m s 0.85 molrkg; b s 3.94�CO CO2 2y4 y1 Ž .10 Pa Hufton et al., 1999 . Dashed line: m s 0.65CO2y4 y1 Ž .molrkg; b s 2.36�10 Pa Ding and Alpay, 2000b .CO2

about 0.5�1.0 molrkg. Figure 3 shows the effect of the CO2
adsorption capacity on the effluent concentrations from the
adsorptive reactor, where the solid lines were calculated with

y4 y1 Žm s0.85 molrkg, b s3.94�10 Pa Hufton et al.,CO CO2 2
.1999 , and the dashed lines with m s0.65 molrkg, bCO CO2 2y4 y1 Ž .s2.36�10 Pa Ding and Alpay, 2000a . It is evident

that the adsorbent with higher CO adsorption capacity will2
lead to higher methane conversion and higher hydrogen pu-
rity in the product gas. However, it is difficult to improve the
adsorption capacity of the adsorbent at high temperature; it
is better to adjust the packing density of the adsorbent and
the catalyst to enhance the methane conversion. In Figure 4,
a comparison is made between the performance of the ad-
sorptive reactor under two different packing densities, that is,

Ž .between the data of Ding and Alpay 2000a and that of
Ž .Hufton et al. 1999 . The isotherm parameters use the rele-

Ž .vant ones, that is, those of Ding and Alpay 2000a for simu-
lations with a bulk packing density of 747 kgrm3, and those

Ž .of Hufton et al. 1999 when using a bulk packing density of
1,538 kgrm3. Figure 4 shows that the performance improve-
ment could be obtained by the use of a superior adsorbent

Figure 4. Effect of density of adsorbent and catalyst on
H purity of effluent gas vs. time t for Step 1.2
Common conditions: P s 445.7 kPa; T sT s 450�C; Ls 2H f w

Žm; u s 0.05 mrs; H OrCH s 6. Line 1 � r� s1; solid10 2 4 ad cat
. Ž .line and line 2 � r� s 2; dashed line : bulk packingad cat

density 747 kgrm3, with m s 0.65 molrkg and b sCO CO2 2y4 y1 Ž . Ž2.36�10 Pa Ding and Alpay, 2000b . Line 3 � r�ad cat
. Ž .s1; dotted line and line 4 � r� s 2; dashed-dot line :ad cat

bulk packing density 1,538 kgrm3 with m s 0.85 molrkgCO2y4 y1 Ž .and b s 3.94�10 Pa Hufton et al., 1999 .CO2

Figure 5. Effect of residence time on H purity vs. time2
for Step 1.
Common conditions: P s 445.7 kPa; T s T s 450�C;H f w
H OrCH s 6; � s 498 kgrm3; � s 249 kgrm3; m s2 4 ad cat CO2
0.65 molrkg; b s 2.36�10y4 Pay1. Solid line: Ls 2 mCO2
with change of feed velocity u ; dashed line: u s 0.05 mrs10 10
with change of length L.

w 3lines 3 and 4: bulk packing density 1,538 kgrm with mCO2

s0.85 molrkg, b s3.94�10y4 Pay1 for Hufton et al.CO2
Ž . 31999 ; lines 1 and 2: bulk packing density 747 kgrm with
m s0.65 molrkg, b s2.36�10y4 Pay1 for Ding andCO CO2 2

Ž .xAlpay 2000a .
Ž .In addition, controlling the residence time Lru of the10

feedgas in the adsorptive reactor will also be a good method
for improving the H purity in the effluent gas and the pro-2
ductivity. Increasing the residence time of the feed gas pass-
ing through the adsorptive reactor by increasing the length,
L, or by decreasing the feed velocity, u , leads to a higher10
purity of the H product gas, and better productivity can be2
obtained during the adsorption-enhanced reaction process, as

Ž .shown in Figure 5. The SrC steamrmethane ratio is also a
key parameter; a higher SrC ratio will be favorable for ob-
taining higher purity H , as shown in Figure 6.2

ŽFor a given system specified the adsorbent and the tem-
.perature , increasing the packing density, the adsorbentr

catalyst ratio, and the residence time favors the production of
high-purity H .2

Ž .Hufton et al. 1999 carried out experiments for the pro-
duction of hydrogen by the sorption-enhanced
steam�methane reforming process, where a long reactor with
higher packing adsorbent and catalyst densities was selected
Ž .see Table 5 . Higher purity of H is obtained due to small2
feed velocity and adsorbent with higher CO adsorption ca-2

Ž .pacity. When the net H productivity is 0.8 molrkg solid ,2
the purity of the H product is 96%. The simulation results2
based on their experimental conditions are shown in Figure
7. If controlled, the reaction time is 995 s, the same net H2

Ž .productivity that is, 0.8 molrkg of the solid can be obtained,
and the H product purity is 92%.2

Ž . Ž .Here, the average purity of hydrogen dry basis , y av ,H2

at the given operating time, t , is calculated by1

Puy1 t H1 2y a® s dt.Ž . HH2 ž /Pu 1y y RTŽ . 0t outletH O1 2 dtH ž /RT0 outlet

11dŽ .
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Figure 6. Effect of mole ratio of steam to methane on
H purity of effluent gas vs. time for Step 1.2
Common conditions: P s 445.7 kPa; T sT s 450�C; Ls 2H f w
m; u s 0.05 mrs, m s 0.65 molrkg; b s 2.36�10y4

10 CO CO2 2
Pay1. Solid line: H OrCH s 6; dashed line: H OrCH s 3.2 4 2 4

Ž .Ding and Alpay 2000b also carried out experiments. Fig-
ure 8 shows a comparison of our simulation results with their

Žexperimental data for the experimental conditions, see Table
.5 . The prediction is good except in the initial period; the

deviation from the experimental data in the initial period is
partly due to the lack of the adsorption data of CO at rela-2
tively low concentrations. For their experimental conditions,
the H purity in the effluent gas is lower due to the shorter2
residence time of feed gas in the adsorptive reactor.

Continuous production of H under cyclic steady state2

For industrialization, the high purity of H product gas2
should be continuously produced from the adsorptive reactor
under cyclic steady state; here a five-step one-bed cyclic pro-
cess is adopted. In this cyclic process, the adsorption-en-
hanced steam-methane reforming is performed at high pres-

Ž .sure P s445.7 kPa and the regeneration of the adsorbentH
that was saturated with CO is carried out at low pressure2
Ž .P s125.7 kPa , where the adsorptive reactor is purged firstL
with methane, and then with part of the hydrogen product
gas. In the simulation, the adsorptive reactor length is 2 m
with a diameter of 25 mm, which is packed with the catalyst

Žand adsorbent mixture the densities of the catalyst and ad-
3 3 .sorbent are 249 kgrm and 498 kgrm , respectively . The ad-

Table 5. Experimental Conditions from the Literature

Ding and Alpay Hufton et al.
Ž . Ž .2000a,b 1999

Mole ratio H OrCH 6 62 4
Ž .Reactor length L m 0.22 1.067
Ž .ID of reactor 2 R mm 12.7 380
Ž .Dia. of particles d mm 0.5 3p

�Effectiveness factor � 1.0 0.8j
Ž .Superficial velocity u mrs 0.13 0.03710

3Ž .Dens. of adsorbent � kgrm in 609 769ad
ads. reactor

3Ž .Dens. of catalyst � kgrm in 139 769cat
ads. reactor

Parameter for adsorption equil. 0.65 0.85
Ž .m molrkgCO 2 y4 y4Parameter for adsorption equil. 2.36�10 3.94�10

y1Ž .b PaCO 2

� Ž .Xiu et al. 2002 .

Figure 7. Effluent mole fraction y vs. time based on ex-i
( )perimental data of Hufton et al. 1999 for Step

1.
P s 445.7 kPa; T sT s 450�C; Ls1.067 m; u s 0.037H f w 10
mrs; H OrCH s 6; � s 769 kgrm3; � s 769 kgrm3;2 4 ad cat
m s 0.85 molrkg; b s 3.94�10y4 Pay1.CO CO2 2

Ž .sorption equilibrium uses data from Ding and Alpay 2000a .
It is assumed that the linear change of the pressure occurs
with time in the depressurization step and the pressurization

Ž .step Eq. 10c .
It should be noted that the adsorptive reactor is saturated

with H only at Step 1 of the first cycle.2
Figure 9 shows the changes in pressure, temperature, and

the flow velocity at zs0 m, in the middle of the bed at zs1
Ž .m, and at the other extremity of the bed zs2 m during one

cycle. We take the 15th cycle, which is at the cyclic steady
state for the continuous production of hydrogen, as an exam-
ple. The negative velocity means that the flow is in the coun-
tercurrent direction to that of the feed gas flow. For Step 1,
the feed velocity is u s0.05 mrs, the operation time is con-10
trolled at t s1,000 s in order to obtain greater than 80%1

Žaverage purity of hydrogen in the effluent gas mixture im-
pure H 50�90% is acceptable with fuel cell applications as2

. Žlong as the CO level is kept below 30 ppm Hufton et al.,
.2000 . The countercurrent depressurization time is set to be

t s100 s, the countercurrent purge time with methane is2
controlled at t s900 s based on the exit mole fraction of3

Ž .CO , and the countercurrent purge time t with part of the2 4

Figure 8. Comparison of simulated results with experi-
( )mental data of Ding and Alpay 2000b for Step

1.
P s 445.7 kPa; T s 450�C; T s 457�C; Ls 0.22 m; u sH f w 10
0.13 mrs; H OrCH s 6; � s 609 kgrm3; � s139 kgrm3;2 4 ad cat
m s 0.65 molrkg; b s 2.36�10y4 Pay1. Solid line:CO CO2 2 Žsimulated results; points: experimental data Ding and Al-

.pay, 2000b .

December 2002 Vol. 48, No. 12 AIChE Journal2826



( ) ( ) ( )Figure 9. a Pressure, b temperature, and c velocity
histories in the adsorptive reactor for the 15th
cycle at various axial positions.
Adsorptive reactor conditions: P s 445.7 kPa; T sT sH f w
450�C; Ls 2 m; � s 249 kgrm3; � s 498 kgrm3 withcat ad
m s 0.65 molrkg; b s 2.36�10y4 Pay1. Cyclic opera-CO CO2 2
tion conditions: P s 445.7 kPa; P s125.7 kPa; T sT sH L f w
450�C; u s 0.05 mrs; u s u s 0.2 mrs; t s1,000 s; t s10 30 40 1 3
900 s; t s t s t s100 s; H OrCH s 6.2 4 5 2 4

hydrogen product gas and the countercurrent pressurization
Ž .time t are set to be 100 s, respectively.5

As shown in Figure 9a, for the high-pressure adsorptionr
Ž . Žreaction step Step 1 and the low-pressure purge steps Steps

.3 and 4 , the pressure drop along the adsorptive reactor is
higher for a higher gas velocity. It is 5.7 kPa with 0.05 mrs
feed gas velocity for Step 1 and 24.8 kPa with 0.2 mrs purge
gas velocity for Steps 3 and 4.

The temperature change, which is caused by the endother-
mic reaction and adsorption, will be noticed in the high pres-

Ž .sure adsorptionrreaction step Step 1 and the depressuriza-
Ž .tion step Step 2 , as shown in Figure 9b. However, in the
Ž .purge step Step 3 , the temperature change along the ad-

sorptive reactor is observed only at the initial purge stage
Ž .about 200 s due to the lower rate of CO desorption from2
the adsorbent.

The number of moles increases for the steam�methane re-
forming reaction, therefore the output velocity from the reac-

Ž . Ž .tor zs2 m is higher than the feed velocity zs0 m in the
Ž .high-pressure adsorptionrreaction step Step 1 , as shown in

Figure 9c. At the initial purge stage, the change in output
Ž .velocity zs0 m is significant due to the desorption of CO2

from the adsorbent, then the change is slow, and the output
Ž .velocity is higher than the input velocity zs2 m . In the

Ž .depressurization step, the output velocity zs0 m increases
with time, while in the pressurization step, the input velocity
Ž .zs2 m decreases with time.

Figure 10 shows the temperature, pressure, and velocity
distributions along the adsorptive reactor at the end of the

Ž .high pressure adsorptionrreaction step Step 1; Figure 10a ,
Ž .the countercurrent blowdown step Step 2; Figure 10b , the

Ž .purge step Steps 3 and 4; Figure 10c , and the repressuriza-
Ž .tion step Step 5; Figure 10d .

Ž .Figure 11a shows the effluent mole fractions, y dry , fori
Ž .the first cycle solid lines , the 2nd, 5th, and 15th cycles

Ž .dotted lines from the adsorptive reactor in Step 1 during
the continuous production of H under the operating condi-2
tions just mentioned. The purity of H in the product gas2
Ž .dry basis in the first cycle is higher than that in the next
cycles since the first cycle uses the fresh adsorbent. After re-
generation, the adsorption capacity of the adsorbent will de-
crease slightly due to the remaining CO in the adsorbent;2
therefore, the purity of the hydrogen will decrease. Figure
11b shows the average purity of the H in the product gas2
obtained from Step 1 during the continuous production pro-
cess as a function of the cycle number n. The average purity

Ž . Ž .of the H in the product gas dry basis , y av , will de-2 H2

crease with the cycle number. However, the cyclic steady state
is reached quickly in our simulation conditions, as shown in
Figure 11b; 15 cycles are sufficient to reach the cyclic steady
state for the following criterion when nG15:

Žn. Žny1.y a® y y a®Ž . Ž .H H2 2 y4F1.0�10 , 12Ž .Žn.y a®Ž .H2

where n is the number of the cycle.
At the cyclic steady state, hydrogen gas with an average

purity of over 80%, with traces of the CO and CO , can be2
continuously produced; the productivity of hydrogen is about

Ž .0.63 molrkg solid in one cycle.
Here, the productivity of H per gram of solid in one cycle2

is calculated by

Puy P u y At Pu yt tH H 40 H 4 50 H1 52 2 2
Input InputAdty y AdtOutletH Hž / ž / ž /RT RT RT0 0step 1 step 4 step 5

mol H rg solid s s0.63 molrkg solid . 13Ž . Ž . Ž .2 AL � q �Ž .ad cat
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Figure 10. Pressure, temperature, and velocity axial distributions in cyclic process.
Ž . Ž . Ž . Ž .a At the end of Step 1; b at the end of Step 2; c at the end of Steps 3 and 4; d at the end of Step 5. The adsorptive reactor
conditions and the cyclic operation conditions are the same as in Figure 9. Solid line: 1st cycle; dotted line: 2nd, 5th, 15th cycles.

( )Figure 11. a Effluent mole fraction y vs. time t in Stepi
( )1 for the 1st, 2nd, 5th, and 15th cycles; b

and average purity of H in product gas vs.2
cycle number n.
The adsorptive reactor conditions and the cyclic operation

Ž .conditions are the same as in Figure 9. a Solid line: 1st
cycle; dotted line: 2nd, 5th, 15th cycles.

The regeneration of the adsorbent that is saturated with
CO in Step 1 should be a key step for the continuous pro-2
duction of high-purity hydrogen. If the regeneration is not
enough, it is impossible to continuously produce high-purity
hydrogen in the next cycle. We purge the adsorptive reactor
with methane at a lower pressure to desorb CO from the2

Ž .adsorbent Step 3 , and only a small fraction of hydrogen
product gas is used to remove the remaining methane from
the interparticle space of the reactor near the end of the purge

Ž .step Step 4 . Figure 12 shows the CO effluent mole fraction2
vs. time during the two purge steps. It is obvious that only in

Ž .the initial period of the purge 0�400 s is the CO desorp-2
tion rate faster; after 600 s the desorption rate is slow, which
means a longer purge time is needed.

Figure 12. Effluent CO mole fraction vs. time in Steps2
3 and 4 in cyclic process.
The adsorptive reactor conditions and the cyclic operation
conditions are the same as in Figure 9. Solid line: 1st cy-
cle; dotted line: 2nd, 5th, and 15th cycles.
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Ž .Carvill et al. 1996 pointed out that at least two parallel
reactors are needed to run the cycle in a continuous mode.
The cycle times for the steps are designed so that one reactor
undergoes Step 1 for a period of time while the companion
reactor undergoes Steps 2�5 during the same period of time.
Our simulation results could not meet this condition, since

5

t s1,000 s and t s1,200 s. The reason is that regenera-Ý1 i
is 2

tion of the adsorbent is difficult; increasing the velocity of the
carrying gas will favor the regeneration process, but lead to a
higher pressure drop along the adsorptive reactor. Therefore,
it is necessary to find a high-efficiency regeneration method.
It should be noted that our process could be operated contin-
uously by using two beds: when one bed is in Steps 5 and 1
Ž . Žt q t s1,100 s , the other is in Steps 2, 3, and 4 t q t q t1 5 2 3 4

.s1,100 s .
Figures 13a and 13b show CO mole fraction distributions2

in the gas- and solid-phases along the adsorptive reactor at
the end of each step. After the high-pressure adsorptionrre-

Ž .action step Step 1 , the adsorption front for CO is located2
at about zs1.1 m, as shown in Figure 13b, that is, the ad-
sorbent between zs0 and 1.1 m is saturated with CO , so2

Ž .the length of the unused bed LUB of the packed bed is
Ž .2y1.1 r2s0.45. During the countercurrent depressuriza-

Ž .tion step Step 2 , the reversible reactions and CO desorp-2
tion take place simultaneously, the mole fraction of CO in2

Ž .the gas-phase increases rapidly Figure 13a , but the concen-
tration of CO in the solid-phase decreases slightly, and the2

( )Figure 13. a Mole fraction of CO in the gas phase vs.2
( )z, and b CO adsorbent concentration vs.2

axial distance of reactor at the end of each
step in the cyclic process.
The adsorptive reactor conditions and the cyclic operation
conditions are the same as in Figure 9. Solid line: 1st cy-
cle; dashed line: 2nd, 5th, 15th cycles.

Figure 14. Operating points of partial pressure of CO2
at the end of steps for one cycle: the adsorp-
tive reactor conditions and the cyclic opera-
tion conditions are the same as in Figure 9.

Ž .distribution of CO spreads Figure 13b . In the purge step,2
Ž .the first purge is with methane Step 3 , and the second purge

Ž .with a part of the hydrogen product gas Step 4 to replace
the remaining methane in the interparticle space of the ad-
sorptive reactor. With two purge steps, the CO in the ad-2
sorbent is desorbed and taken away by the inert gas; the ad-
sorbent is regenerated and the CO concentration in the ad-2
sorbent drops to an acceptable level, as shown in Figures 13a
and 13b.

In the last step of one cycle, that is, the pressurization step
Ž .Step 5 , the adsorptive reactor is pressurized with part of the
hydrogen product gas to a high pressure, P . Increasing pres-H
sure always favors the adsorption of CO ; therefore, the CO2 2
concentration in the gas-phase will decrease after the pres-
surization step, as shown in Figure 13a, but the CO concen-2

Ž .tration in the adsorbent decreases only slightly Figure 13b .
After the pressurization step, the next cycle will start.

ŽFigure 14 shows that Step 2 countercurrent depressuriza-
tion from P s445.7 kPa to P s125.7 kPa, operating timeH L

.t s100 s makes a minor contribution to the desorption of2
ŽCO , because the partial pressures of CO about 17.8 kPa at2 2

the end of Step 1, y f0.04, and 16.3 kPa at the end ofCO2
.Step 2, y f0.13 are in the saturated region of the COCO 22

Žisotherm. After Steps 3 and 4 operating pressure P s125.7L
kPa, operating time t q t s1,000 s, first purge with methane3 4
for t s900 s, purge velocity u s0.2 mrs, then purge with3 30

.hydrogen for t s100 s, purge velocity u s0.2 mrs , the4 40
mole fraction of CO in the gas-phase and the CO concen-2 2
tration in the solid-phase decrease significantly, as shown in
Figures 13a and 13b. This is because the fresh methane and
hydrogen can reduce the partial pressure of CO in the bulk2

Žphase the partial pressures of CO are 1.26 kPa at the end2
of Step 4 and 1.14 kPa at the end of Step 5, and the corre-
sponding equilibrium solid concentrations are 0.13 molrkg

.and 0.12 molrkg, respectively .
Methane is lost in the first three steps. To measure the

methane efficiency, we calculate the unused CH in one cy-4
cle as follows

Unused CH in one cycles4

Feed ofCH in Steps 1 and 3yConsumptionofCH in Step 14 4

Feed of CH in Steps 1 and 34

s0.92. 14Ž .
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That is to say that 0.92 methane is lost compared to the
methane fed. But the methane loss does not impact the via-

Ž .bility of this system, because 1 the effluent gas from Steps 2
and 3, containing unrecovered H and the mixture of CH ,2 4
H O, CO, and CO can be used as part of the fuel required2 2

Ž .to supply the heat of the endothermic SMR reaction, and 2
CH can be replaced by steam or other inert gas in Step 34
Ž .Hufton et al., 1999 . If CH is replaced by steam in Step 3,4
the unused CH in one cycle is4

Unused CH in one cycles4

Feed ofCH in Step 1yConsumptionofCH in Step 14 4

Feed of CH in Step 14

s0.36. 14aŽ .

In conclusion, under cyclic steady-state operation condi-
tions, H product gas of 80% average purity can be continu-2
ously produced from a 2-m-long adsorptive reactor. Increas-
ing the length of the adsorptive reactor produces higher pu-
rity H product gas, but the regeneration of the adsorbent is2
very difficult due to the pressure loss limitation. When Wal-

Ž .dron et al. 2001 carried out experiments in a 6-m-long ad-
sorptive reactor, 88�94% purity H product gas was contin-2
uously produced from the adsorptive reactor under cyclic
steady-state operating conditions, where the adsorbent re-
generation was carried out at subatmospheric pressure and
the cyclic steady state was typically reached after 30 cycles. In
our simulation, the cyclic steady state is achieved after 15
cycles, since a longer total cyclic time is used.

Conclusions
It is found that where the adsorbent and catalyst are packed

in a multifunctional reactor, the methane conversion is en-
hanced; a high-purity hydrogen product gas with traces of CO2
and CO can be produced at a lower temperature and lower
pressure compared with the conventional steam-reforming
method if the operation times are controlled. For a given sys-

Ž .tem the adsorbent, temperature, and pressure are specified ,
increasing the packing density, the adsorbentrcatalyst ratio,
and the residence time in the adsorptive reactor can improve
the methane conversion, and favor the production of high-
purity hydrogen.

The simulated results are in reasonable agreement with ex-
Žperimental data from the literature Hufton et al., 1999; Ding

.and Alpay, 2000b for sorption-enhanced steam�methane re-
forming. The sorption-enhanced steam�methane reforming is

Ž .carried out at a high pressure P s445.7 kPa and the re-H
generation of the adsorbent that was saturated with CO is2

Ž .carried out at a low pressure P s125.7 kPa . Under theL
cyclic steady-state conditions, 80% average purity H prod-2
uct gas with traces of CO and CO can be continuously pro-2
duced from a 2-m-long adsorptive reactor. Increasing the
length of the adsorptive reactor produces a higher purity H2
product gas, but regeneration of the adsorbent then becomes
very difficult due to the pressure loss limitation. Therefore,

the regeneration method needs to be improved. The total
cyclic time is higher than that in the conventional pressure
swing adsorptive reactor, and so the cyclic steady state is
quickly reached.
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Notation
Ascross-sectional area of the reactor, m2

b sLangmuir model constant for component CO , Pay1
CO 22

Cs total molar concentration in the bulk phase, molrm3

C sgas-phase concentration of component i in the feed,f i
molrm3

C smolar concentration of gas-phase component i, molrm3
i

C sgas-phase heat capacity, Jrmol �Kp g
C ssolid-phase heat capacity, Jrkg �Kp s
C sheat capacity of gas phase at constant volume, Jrmol �K®g
d sparticle diameter, mp

D smolecular diffusivity, m2rsm
D scombination of molecular and Knudsen diffusivity, m2rsp
D saxial dispersion coefficient, m2rsL

m sLangmuir model constant for component CO , molrkgCO 22

Msaverage molar weight of the gas mixture, kgrmol
nscycle number

k sLDF mass-transfer coefficient, sy1
CO 2

k sgas-phase thermal conductivity, Jrm � s �Kg
k srate constant of reaction i, is1, 2: mol Pa0.5rkg-cat � s,i

is3: molrkg-cat � s
k sparticle thermal conductivity, Jrm � s �Kp
k seffective thermal conductivity, Jrm � s �Kz

K sErgun equation coefficient, N � srm4
D

K sErgun equation coefficient, N � s2rm5
V
Lsreactor length, m
Ps local total pressure, Pa
Pspartial pressure of gas-phase component i, Pai

P shigh pressure, PaH
P s low pressure, PaL

Žq ssolid-phase concentration for component i average overi
.an adsorbent particle , molrkg

q�sequilibrium solid-phase concentration, molrkg
r s formation or consumption rate of component i, molrkg-i

cat � s
r sradius of the adsorbent, mp
Rsuniversal gas constant, Jrmol �K

R s inner radius of the reactor, m0
R sreaction rate defined by Eq. 1, molrkg-cat � sj

ts time, s
t soperational time for step i, si
Ts temperature in bulk gas-phase, K
T s feed gas temperature, Kf
T swall temperature, Kw

ussuperficial velocity, mrs
u s initial superficial velocity for step i, mrsi0
Usoverall bed-wall heat-transfer coefficient, Jrm2 �K
® sstoichiometric coefficient of component i in reaction ji j
y sgas-phase mole fraction of component i in the feedf i
y sgas-phase mole fraction of component ii
zsaxial coordinate in bed, m
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Greek letters
�smass ratio of adsorbent and catalyst in the packed bed

� sbed porosityb
� sadsorbent porosityp
� s total bed porosityt
� scatalyst effectiveness factorj

s zrL
�s viscosity of fluid, kgrm � s

� smass of adsorbent per bed volume, kgrm3
ad
� sbulk packing density of the adsorbent and catalyst, kgrm3

b
� smass of catalyst per bed volume, kgrm3

cat
� sgas-phase density, kgrm3

g
� sadsorbent pellet density, kgrm3

p
Žy� H sadsorption heat of component i on the adsorbent sur-adi

.face , Jrmol
� H sreaction heat of reaction i, JrmolR i
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